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ABSTRACT 15 

This study aimed to evaluate the feasibility of degassing membrane (DM) technology for 16 

recovering dissolved methane from AnMBR effluents. For that purpose, a PDMS 17 

membrane module was operated for treating the effluent from an AnMBR prototype-18 

plant, which treated urban wastewater (UWW) at ambient temperature. Different 19 

transmembrane pressures and liquid flow rates were applied for evaluating methane 20 

recovery efficiency. Maximum methane recoveries were achieved when increasing the 21 

vacuum pressure and reducing the liquid flow rate, reaching a maximum methane 22 

recovery efficiency of around 80% at a transmembrane pressure (TMP) of 0.8 bars and a 23 

treatment flow rate (QL) of 50 L h-1. The results revealed that the combination of PDMS 24 

DMs and AnMBR technology would allow to reduce the energy demand of UWW 25 

treatment, achieving net energy productions while reducing greenhouse gas emissions. 26 

Optimum operation was determined at a TMP of 0.8 bars and a QL of 150 L h-1 when 27 

combining energy, environmental and economic targets. Under these operating 28 

conditions, the combination AnMBR+DM resulted in energy requirements and 29 

greenhouse gases emissions of -0.040 kWh and 0.113 kg of CO2-eq per m3 of treated 30 

water, respectively, resulting in a DM payback period of around 10.5 years. 31 

 32 

Keywords 33 
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1. INTRODUCTION 36 

Urban wastewater (UWW) treatment is currently based on aerobic technology, which can 37 

result in high energy demands and high sludge productions compared to anaerobic 38 

processes [1,2]. Besides, this technology presents a limited potential for resource recovery 39 

from wastewater, which can be considered a carrier of energy, nutrients and reclaimed 40 

water [3,4]. Hence, different anaerobic configurations have emerged as an attractive 41 

alternative for UWW treatment as a result of several potential advantages, such as: (i) 42 

reduced sludge production due to the lower anaerobic biomass yield compared to aerobic 43 

microorganisms, (ii) reduced energy demand since no aeration is required for removal of 44 

organics, and (iii) enhanced energy balance by the biogas production from the degradation 45 

of organic carbon [5]. 46 

Anaerobic membrane bioreactor (AnMBR) technology has been reported by several 47 

authors as a potential alternative for full-scale low-strength wastewater treatment (e.g. [6-48 

10]). By decoupling sludge and hydraulic retention times, AnMBR can perform suitable 49 

UWW treatment even operating at low/middle temperatures since the generated biomass 50 

is retained by the membrane [4,11]. However, direct greenhouse gas (GHG) emissions 51 

due to methane stripping from AnMBR effluents is still a key issue that limits the full-52 

scale application of this technology [5]. Methane lost dissolved in the effluent can exceed 53 

the 80% of total methane production when the system is operated at low temperatures 54 

(e.g. 15 ºC) [12,13], resulting in significant decreases in process energy efficiency while 55 

increasing the carbon footprint of the system. Hence, the efficient recovery of this 56 

dissolved methane is imperative to develop more energy-efficiency and environmentally-57 

friendly AnMBR systems. 58 



4 
 

Several technologies have been traditionally applied to remove dissolved gases from 59 

liquid streams (e.g. spray aeration towers, free fall jet towers, packed columns, tray 60 

aerators or diffused aerators, membrane contactors) [14]. Nevertheless, the direct contact 61 

between liquid and gas phases performed in degasification towers frequently entails 62 

operational problems such as flooding, foaming and emulsion [15]. Moreover, the sweep 63 

gas flux required in these systems involves a dilution of the collected methane, thereby 64 

reducing dramatically its energy conversion potential. Otherwise, biological technologies 65 

can be also applied to remove dissolved methane from anaerobic effluents. Aerobic 66 

methane oxidation (AMO) and aerobic methanotrophy are the most prevalent microbial 67 

pathways [16]. In AMO, an electron acceptor is required for methane oxidation, 68 

commonly using sulfate reduction or denitrification as associate processes. Specifically, 69 

the use of denitrification via nitrite or nitrate reduction has been extensively studied 70 

[17,18] since AMO can be also employed as a nitrogen removal process. However, 71 

anaerobic processes generally reduce all present sulfate and do not produces nitrite or 72 

nitrate via ammonia oxidation, thus AMO may require an additional step to treat these 73 

effluents. Aerobic methanotrophy has been also considered for dissolved methane 74 

removal from anaerobic effluents [19,20]. Matsuura et al. [20] achieved methane removal 75 

efficiencies up to 99% when operating a two-in-series down-flow hanging sponge reactor. 76 

Nevertheless, although this strategy can prevent GHG emissions, does not allow 77 

maximizing energy recovery due to dissolved methane consumption and energy input 78 

from oxygen supply [16]. Finally, microbial cell fuels (MCF) have been presented as an 79 

interesting alternative for the post-treatment of anaerobic effluents. This technology 80 

employs the metabolism of certain microorganisms to directly collect electrons in an 81 

anode during organic or inorganic matter oxidation thereby valorizing dissolved methane. 82 

In this respect, Chen et al. [16] showed that energy-neutral MCFs can be achieved by 83 
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solely dissolved methane consumption, reaching methane removal efficiencies of up to 84 

85%. However, the performed methane-driven MCFs studies are generally conducted at 85 

relatively high temperatures (from 30 to 37 ºC) [16,21,22]. Indeed, Chen et al. [23] 86 

showed that voltage production abruptly decreases at operating temperatures around 10 87 

ºC, which may represent a drawback when combined with an AnMBR operated at low 88 

temperatures. 89 

Degassing membrane (DM) technology has been extensively applied in several industries 90 

for dissolved gasses removal from liquid streams [24]. The main advantages of this 91 

technology reside in avoiding the direct contact between liquid and gas phases being the 92 

oxygen removal from the water used in cooling towers the most notable application 93 

[24,25]. Moreover, the dilution of recovered gases is prevented when the membrane is 94 

operated at vacuum filtration. Hence, the use of DMs for methane capture is an interesting 95 

approach for the treatment of anaerobic effluents since not only direct GHG emissions 96 

can be prevented but also captured dissolved methane can be potentially employed for 97 

energy production [13,24,26-30]. Microporous DMs are extensively recommended due 98 

to high recovery efficiencies associated to their lower resistance to mass flux when 99 

membrane pores are occupied with gas [24,31]. However, depending on DM material and 100 

operating conditions, liquid may fill membrane pores, resulting in the so-called wetting 101 

phenomenon which is intensified as liquid flow rate increases [27,32]. Under these 102 

conditions, microporous DM permeate flux strongly decreases, dramatically reducing the 103 

gasses capture efficiency. To overcome this limitation, non-porous membranes can be 104 

applied for high-rate treatment since them are not susceptible to pore wetting. Among 105 

non-porous membranes, different materials can be used for dissolved methane capture 106 

such as polyamide, polypropylene or acetate cellulose [26]. Nevertheless, since carbon 107 

dioxide is usually more selective that methane in polymeric membranes, non-meaningful 108 
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process enhancement can be obtained from selectivity. Thus, PDMS represents an 109 

interesting approach due to their higher gases permeability [26], which results in lower 110 

energy requirements for dissolved gasses capture from liquid streams. 111 

So far, few studies have proved the energy feasibility of DMs for treating anaerobic 112 

effluents. Crone et al. [24] estimated that an energy-neutral DM operation could be 113 

reached by valorizing the recovered methane, while Henares et al. [28] showed that it is 114 

possible to reach net energy productions. Nevertheless, neither economic nor energy 115 

evaluations have been performed to determine the feasibility of coupling DM and 116 

AnMBR at full-scale. In addition, carbon footprint must also be taken into account since 117 

direct and indirect GHG emissions can be mitigated by increasing energy recovery and 118 

enhancing dissolved methane capture, respectively. Therefore, further studies evaluating 119 

the economic and environmental feasibility of DM technology for full-scale application 120 

are required. 121 

This work aimed to assess the suitability of applying DM technology for treating the 122 

effluent from an AnMBR prototype-plant, determining the optimum operational 123 

conditions focusing on energy, economic and environmental targets. 124 

2. MATERIALS AND METHODS 125 

2.1. Experimental set-up 126 

The DM used in this study consisted in a hollow-fiber commercial module of 127 

polydimethylsiloxane (PDMS) provided by PermSelect®, MedArray Inc. USA. The main 128 

proprieties of this DM are shown in Table 1. 129 

 130 
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Table 1. Main proprieties of the degassing membrane module 131 

Membrane material PDMS (Silicone) 

Membrane type Dense hollow fiber 

Fiber inner diameter (µm) 190 

Fiber outer diameter (µm) 300 

Fiber wall thickness (µm) 55 

Number of fibers 30,000 

Total membrane area* (m2) 2.1 

Module length (cm) 14.2 

Module diameter (cm) 8.9 

Lumen side volume (mL) 205 

Shell side volume (mL) 190 

                                                *Based on fiber outer diameter 132 

The DM unit treated the methane-saturated effluent from an AnMBR prototype-plant 133 

located in the ‘Alcázar de San Juan’ WWTP (Ciudad Real, Spain). The AnMBR 134 

prototype-plant consisted in an anaerobic reactor with 40 m3 of total volume connected 135 

to three external membrane tanks (0.8 m3 each) fitted with three ultrafiltration membrane 136 

systems (PURON® PSH 41, Koch Membrane Systems, 0.03 μm pore size), giving a total 137 

filtration area of 123 m2. A fraction of the produced biogas is recycled to the anaerobic 138 

reactor and the membrane tanks in order to favor the stripping of the produced gases from 139 

the liquid phase thus avoiding methane super-saturation in water. Moreover, the biogas 140 

injected into the membrane tank is also employed to scour the membranes thereby 141 

minimizing cake layer formation on the membrane surface. The AnMBR prototype-plant 142 

was operated at ambient temperature (18 ºC) and was fed with the effluent from the pre-143 

treatment of the full-scale WWTP. Further details about the AnMBR prototype-plant can 144 

be found in [33]. Operational conditions and average effluent characteristics of the 145 

AnMBR during the experimental period are shown in Table 2. 146 
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Table 2. Operational conditions and average effluent composition of the AnMBR system 147 

Parameter Mean ± SD 

SRT (d) 70 ± 1 

HRT (h) 27 ± 2 

T (ºC) 18 ± 1 

pH 7.0 ± 0.2 

COD (mg COD L-1) 115 ± 15 

VFA (mg COD L-1) 9 ± 5 

Alk (mg CaCO3 L-1) 1028 ± 198 

TN (mg N L-1) 47 ± 4 

TP (mg N L-1) 7 ± 3 

S2- (mg S L-1) 233 ± 66 

Dissolved CH4 (mg 

CH4 L-1) 
12.01 ± 0.18 

The DM module was operated by shell-side mode, recovering the permeate gas in the 148 

lumen side of the fibers. Previous experiences revealed clogging of the fibers when the 149 

DM was operated at lumen-side (data not shown). This effect was attributed to the high 150 

sulfide concentration in the treated effluent (see Table 2), which could form metal sulfides 151 

or sulfur depositions in the inner of the fibers. Thus, shell-side operation was selected to 152 

prevent clogging-related problems. 153 

The driving force for methane capture was vacuum pressure, using a blower to set the 154 

transmembrane pressure (TMP) between 0.2 and 0.8 bars. TMP was monitored and 155 

controlled by two pressure sensors (UNIK 5000-746-3600, Druck) disposed at liquid and 156 

gas sides. A gas-flow meter (TG0.5/5, Ritter) was employed to measure the permeate gas 157 

flow rate. Moreover, the liquid flow rate was measured by a liquid-flow meter (VX100-158 

45, Vogelsang). Eight liquid flow rates were evaluated: from 50 to 400 L h-1. Fig. 1 shows 159 

a flow diagram of the wastewater treatment scheme. 160 
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 163 
Fig. 1. Dense DMs use for dissolved methane capture: (a) scheme of the wastewater treatment system, (b) methane 164 

recovery mechanism, and (c) resistance-in-series model. 165 

2.2. Analytical methods 166 

The concentration of dissolved methane from the liquid effluent was determined through 167 

the head-space method described in [11]. Liquid samples were collected in 50 mL glass 168 

vials from inlet and outlet of the DM to determine the recovery methane efficiency. The 169 

sampling was performed in duplicate for each experimental essay. The vials collected 170 
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were stored at 20 ºC and continuous stirring was provided (at least for 4 hours) in order 171 

to achieve gas-liquid thermodynamic equilibrium. Tedlar bags of 1 L (Sigma-Aldric h) 172 

were used to collect gas samples from the recovered gas for each experimental essay.  173 

The methane fraction reached in head-space vials and recovered gas was determined 174 

through a gas chromatograph, which was equipped with a flame ionization detector (GC-175 

FID, Thermo Scientific). The column used was a 30 m x 0,319 mm x 25 μm HP -176 

MOLESIEVE column (Agilent Technologies), which was operated at 40 ºC, using as 177 

carrier gas helium at a flow rate of 40 ml min-1. It was injected 0.1 ml of gas samples in 178 

the gas chromatograph, using methane pure gas (99.9995%) as standard gas. 179 

2.3. Determination of dissolved methane in the effluent 180 

The concentration of dissolved methane from the liquid effluent ([CH4]dis) was calculated 181 

using the experimentally-determined head-space gas fraction (yCH4) by means of the 182 

following equation: 183 

[𝐶𝐻4]𝑑𝑖𝑠 = (
𝑉𝐺

𝑉𝐿 · 𝑅 · 𝑇
+

𝑀𝑊

𝐻𝐶𝐻4(𝑇) − 𝑃 · 𝑦𝐶𝐻4
) 𝑃 · �̅�𝐶𝐻4 · 𝑦𝐶𝐻4       𝑒𝑞. (1) 184 

Where VG and VL are the gas and liquid volumes in collected vials (L), R is the universal 185 

constant of gases (0.082 atm L mol-1 K-1), T is the temperature of stored vials (K), MW is 186 

the pure water molarity (55.56 mol L-1), P is the total pressure of stored vials (atm), MCH4 187 

is the methane molecular weight (16 g mol-1) and HCH4(T) is the Henrry’s constant for 188 

methane. This Henrry’s constant depends on temperature and can be calculated according 189 

to the following equation [34]: 190 

𝐻𝐶𝐻4(𝑇) = 10
(

−675,74
𝑇(𝐾) +6,88)

      𝑒𝑞. (2) 191 
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The performance of the DM module was assessed by calculating the methane recovery 192 

efficiency (MRE) as follows: 193 

𝑀𝑅𝐸 =
[𝐶𝐻4]𝑑𝑖𝑠.𝑖𝑛𝑓 − [𝐶𝐻4]𝑑𝑖𝑠.𝑒𝑓𝑓

[𝐶𝐻4]𝑑𝑖𝑠.𝑖𝑛𝑓
· 100    𝑒𝑞. (3)    194 

Where [CH4]dis.inf. and [CH4]dis.eff. are the concentrations of dissolved methane in influent 195 

and effluent membrane streams, respectively. 196 

2.4. Determination of overall mass transfer coefficient 197 

Mass transfer through membrane contactors can be evaluated by the film theory approach. 198 

Therefore, when the total resistance to mass flux (RT) is defined as the inverse of the 199 

overall mass transfer coefficient (KO), RT can be interpreted as three resistances in series: 200 

the liquid phase boundary layer resistance (RL), the permeable membrane resistance (RM), 201 

and gas phase boundary layer resistance (RG). The following expression can be therefore 202 

applied to describe this resistance-in-series model for cylindrical coordinates: 203 

𝑅𝑇 =
1

𝐾𝑂  𝐴𝐿
=

1

𝑘𝐿 𝐴𝐿
+

1

𝑘𝑚 𝐴𝑚𝑙
+

1

𝐻𝐶𝐻4(𝑇) 𝑘𝐺  𝐴𝐺
= 𝑅𝐿 + 𝑅𝑀 + 𝑅𝐺     𝑒𝑞.(4)    204 

Where kL, km and kG are de mass transfer coefficients of liquid, membrane and gas phases, 205 

respectively, AL and AG are the membrane area in contact with liquid and gas phases, 206 

respectively, Aml is the logarithmic mean of the membrane contactor, and HCH4(T) is the 207 

Henrry’s constant for methane. 208 

In liquid-gas systems, gas phase usually represents a negligible resistance for mass flux 209 

due to his higher diffusion coefficient compared to the liquid phase [35], i.e. kG >>> kL. 210 

Hence, eq. 4 can be simplified as follow: 211 
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1

𝐾𝑂  𝐴𝐿
=

1

𝑘𝐿 𝐴𝐿
+

1

𝑘𝑚 𝐴𝑙𝑚
    𝑒𝑞. (5)  212 

Since only liquid and membrane resistances are involved in the overall mass transfer 213 

coefficient, KO can be calculated applying a mass balance of dissolved methane in the 214 

liquid phase, obtaining the following expression [36]: 215 

𝑄𝐿

dc

dA
+ 𝐾𝑂(𝑐 − 𝑐∗) = 0    𝑒𝑞. (6) 216 

Where QL is the liquid flow rate, A is the membrane area, c is the concentration of 217 

methane dissolved in the water and c* is the methane concentration reached in the 218 

membrane-gas interphase, which is commonly estimated as the methane concentration in 219 

equilibrium with the gas phase (CG): 220 

𝑐∗ = 𝐻𝐶𝐻4(𝑇) 𝑐𝐺   𝑒𝑞.(7) 221 

Therefore, employing an average value for the methane concentration reached in the gas 222 

phase (i.e. c* = const.), eq. 6 can be integrated between the methane concentrations 223 

achieved at the inlet and outlet of the DM to obtain the following expression: 224 

𝐾𝑂 = −
𝑄𝐿

𝐴
 ln (

[𝐶𝐻4]𝑑𝑖𝑠.𝑒𝑓𝑓 − 𝑐∗

[𝐶𝐻4]𝑑𝑖𝑠.𝑖𝑛𝑓 − 𝑐∗
)     𝑒𝑞.(8) 225 

Furthermore, since kG was considered negligible and continuous vacuum was used as 226 

diving force, it could be expected that [CH4]dis >>> c*, which means that [CH4]dis - c* ≈ 227 

[CH4]dis. Thereby, eq. 8 can be simplified as follows: 228 

𝐾𝑂 = −
𝑄𝐿

𝐴
 ln(

[𝐶𝐻4]𝑑𝑖𝑠.𝑒𝑓𝑓

[𝐶𝐻4]𝑑𝑖𝑠.𝑖𝑛𝑓

)     𝑒𝑞. (9) 229 

Finally, from the combination of equations 3 and 9 the following expression linking MRE, 230 

QL and KO can be deduced: 231 
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𝑀𝑅𝐸 = (1 − exp (−
𝐴

𝑄𝐿
𝐾𝑂)) · 100   𝑒𝑞. (10) 232 

2.5. Energy, GHG and economic balances 233 

PDMS DM energy feasibility was assessed conducting an energy balance, where energy 234 

input for membrane operation and potential energy output by recovered methane were 235 

considered.  236 

The energy production of collected gas was calculated assuming a methane power energy 237 

conversion efficiency between 30 - 40%, considering different CHP technologies applied 238 

for electricity production from biogas [37]. Although permeate pumping and gas vacuum 239 

permeation are commonly considered as energy inputs [24,28], only the power energy 240 

requirements of the blower were considered in this study. In this respect, the experiments 241 

performed in the AnMBR prototype-plant revealed that the header pressure of the 242 

AnMBR permeate (obtained by vacuum filtration) was enough to pump the liquid through 243 

the DM shell. Thus, since liquid pumping requirements are included in the energy balance 244 

of the AnMBR prototype-plant, it was not considered in the energy balance of the DM 245 

unit. 246 

Blower power energy requirements (W) were calculated considering adiabatic 247 

compression: 248 

𝑊(𝐽 · 𝑘𝑔−1) =
𝛾

𝛾 − 1
·

𝑅 · 𝑇𝐼𝑁

𝑀
[(

𝑃𝑂𝑈𝑇

𝑃𝐼𝑁

)

𝛾−1
𝛾

− 1]        𝑒𝑞. (11) 249 
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Where POUT and PIN are the outlet and inlet blower pressures, respectively, TIN is the 250 

temperature of inlet gas, M is the molecular weight of the gas and γ is the heat capacity 251 

ratio. It was assumed a vacuum pump efficiency of 0.65 for the blower. 252 

The environmental feasibility of PDMS DM was assessed by calculating the GHG 253 

emissions related to the operation phase of the treatment scheme. Both methane capture 254 

and power requirements where considered. A global warming potential (GWP) of 28 kg 255 

CO2 equivalent per kg of emitted methane [38] was considered in this study. Moreover, 256 

a GWP between 0.30 – 0.40 kg CO2 per kWh of consumed energy was considered, 257 

representing the GHG emission ratio of Spain energy mix provided by different energy 258 

suppliers [39].  259 

For payback estimation, an energy cost between 0.05 – 0.09 € per kWh was considered 260 

according to current Spain electrical rates for high voltage installations [40,41]. On the 261 

other hand, although PDMS is a membrane material widely used, so far the manufacture 262 

of industrial-scale PDMS membrane modules is scarce. Thus, a unitary price of €30 per 263 

m2 of membrane was assumed in this study, which represent a competitive price among 264 

industrial membrane technology. 265 

Due to uncertainty on considered conversion factors, the influence of input factors on 266 

energy, environmental and economic assessment was evaluated by means of a sensitive 267 

and uncertainty analysis based on Monte Carlo calculations. The Standardized Regression 268 

Coefficients (SRCs) method was selected as sensitivity analysis technique. SRC was 269 

performed using Monte Carlo calculations applying semi-random Latin Hypercube 270 

Sampling (LHS) method [42]. A value of 0.7 was established as the minimum coefficient 271 

of determination (R2) required for validating the standardized regression slope (β i) as 272 

sensitivity measure [43]. Moreover, when applying linear models as the ones used in this 273 
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study, R2 is close to 1 and SRC can be used to screen influential and non-influent ial 274 

factors. Inputs resulting in βi higher than 0.1 were selected as influential factors. The 275 

number of Monte Carlo calculations was set to 10000. Uncertainty was assessed by the 276 

mean and 10th and 90th percentiles of Monte Carlo outputs [44]. Table 3 summarizes the 277 

ranging of each input factor considered. The evaluated outputs were the energy balance 278 

(EB), the GHG emissions (GHG) and the payback period (PB). 279 

Table 3. Ranging of considered inputs in Monte Carlo calculations. 280 

Conversion factors Nomenclature Default (min-max) 

CH4 power energy conversion efficiency (%) ECE 35 (30 - 40) 

Energy cost (€ per kWh) EC 0.07 (0.05 - 0.09) 

Membrane cost (€ per m2) MC 30 (25 - 35)* 

GHG from Spain energy mix (kgCO2 per kWh) EM 0.35** (0.3 - 0.4) 

*Calculated from a membrane nominal price increase/decrease of the 15%. 281 
**Calculated from the IPCC 2013 GWP 100a V1.03 methodology. 282 

3. RESULTS AND DISCUSSION 283 

3.1. Performance of the degassing membrane system 284 

Fig. 2 shows the methane flux and the methane recovery efficiency achieved within the 285 

different operating conditions evaluated. As this figure shows, the methane flux through 286 

the membrane grew by increasing the QL until reaching a “critical” QL value from which 287 

methane flux declined as QL was raised. Besides, both the methane flux and the “critical” 288 

QL were influenced by the applied TMP, reaching higher methane fluxes and higher 289 

“critical” QL values as TMP raises. In this respect, raising the liquid velocity though the 290 

shell of the DM favored turbulent flow, so improving the mass transference in the liquid 291 

phase. Consequently, the methane flux through the membrane was enhanced, achieving 292 

higher recovered methane flows. Nevertheless, the increase in the liquid flow rate reduced 293 
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the hydraulic retention time in the DM, decreasing the time contact between liquid and 294 

membrane thus reducing MRE (see Fig. 2b). Moreover, the obtained results show a lineal 295 

dependency between MRE and QL at each TMP level evaluated. Indeed, maximum MRE 296 

would be reached at ‘batch’ conditions, as predicted by the linear fit of the results 297 

obtained. Although according to eq. 10, MRE should present an exponential dependency 298 

on QL, the exponential term can be resembled to a linear expression for relatively high 299 

liquid fluxes. The obtained results are in agreement with the results reported by Cookney 300 

et al. [13], displaying a lineal dependency of MRE on the superficial liquid velocity when 301 

values above 0.01 m s-1 were applied.  302 

 303 
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Fig. 2. Methane recoveries for the different operating conditions tested: (a) Recovered methane flux and (b) 305 
Methane recovery efficiency. Dotted lines represents a linear fit.   TMP of 0.8 bars;  TMP of 0.6 bars;   TMP of 306 

0.4 bars;   TMP of 0.2 bars. 307 

On the other hand, as Fig. 2 shows, methane recovery raised as the TMP was increased. 308 

As reported by different authors [45-47], the effect of TMP on membrane permeability 309 

depends on both the nature of the gas treated and the material and thickness of the 310 

membrane contactor used. In this regard, a favorable effect of vacuum pressure on 311 

methane recoveries [26] and methane mass transfer coefficients [28] has been observed 312 

when using PDMS membranes. Therefore, increasing TMP could result in an increase in 313 

the membrane permeability for methane, achieving better recoveries. Indeed, this kind of 314 

behavior has been reported with similar organic compounds (such as C3H8 or C4H10) when 315 

using dense silicone rubber membranes [48]. Moreover, raising TMP can also produce an 316 

improvement in the driving force by the reduction of the methane partial pressure at the 317 

gas phase, thus improving mass flux. As suggested by other authors (e.g. Henares et al., 318 

[27]), the methane concentration reached in the membrane-gas interphase (c*) could not 319 

be negligible compared to the methane concentration dissolved in the water ([CH4]dis), 320 

directly affecting the calculated KO. Nonetheless, further research would be needed to 321 

confirm this hypothesis. 322 

3.2. Effect of operating conditions on overall mass transfer coefficient 323 

Since recovered methane flux mainly depends on the overall mass resistance, the effect 324 

of QL and TMP on KO was evaluated in order to determine the operational conditions 325 

under which methane capture is maximized. To this aim, KO was modelled using eq. 9. 326 

As Fig. 3 illustrates, QL and TMP strongly affected KO, denoting that both liquid and 327 

membrane resistances play a key role on establishing the overall resistance to the mass 328 

flux. According to eq. 9, if liquid resistance is not negligible, kL should raise as QL is 329 
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increased, consequently increasing KO. Nevertheless, the obtained results reveal that KO 330 

increased until a maximum value, from which KO decreased as QL was increased. This 331 

phenomenon could be explained by two possible hypotheses. (1) On the one hand, the 332 

decrease observed on KO could be explained by the hydrodynamics of the system. 333 

According to Henares et al. [28], membrane units could present a liquid flow rate limit 334 

from which the membrane fibers may suffer some kind of shakings, deforming and 335 

compressing, thereby reducing their effectivity. Besides, the operation at elevated liquid 336 

velocities of high fiber-density membrane contactors could favor the formation of dead 337 

zones [26], being this effect intensified when working by shell side. Thus, KO could suffer 338 

a reduction since a fraction of the total membrane area is inefficiently used. (2) On the 339 

other hand, the decrease observed in KO could also be the results of the formation of an 340 

additional resistance to mass flux. Since the DM was fed with effluent from an AnMBR 341 

(solids free stream), a fouling resistance could have appeared due to colloids deposition 342 

or salts precipitation onto the membrane surface [49], or soluble organic products 343 

adsorption on the membrane [50]. Additionally, in pressure-driven membrane systems 344 

other undesirable effects can appear, such as concentration polarization due to high 345 

concentration gradients opposite to flux. Hence, further research would be needed to 346 

confirm these hypotheses and determine which one(s) of the above-mentioned effects 347 

affected the overall resistance to mass flux. 348 

Regarding the influence of TMP on KO, Fig. 3 shows that increasing the vacuum pressure 349 

can enhance the overall mass transfer coefficient. As previously commented, an 350 

improvement of membrane permeability is expected when rising the TMP, reducing 351 

membrane resistance and enhancing mass flux. Finally, since increasing KO means 352 

improving methane flux, operating conditions must be optimized in order to enhance the 353 

economic feasibility of PDMS DMs for dissolved methane capture. Fig. 4 shows the 354 
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operating conditions under which KO was maximum. The results shown in this figure 355 

allow establishing the optimum QL-TMP relation under which permeated methane flux is 356 

maximized. 357 

 358 

Fig. 3. Effect of transmembrane pressure (TMP) and liquid flow rate on the overall mass transfer coefficient (KO). 359 
Dotted lines represent a third-order polynomial fit.  TMP of 0.8 bars;  TMP of 0.6 bars;   TMP of 0.4 bars;   360 

TMP of 0.2 bars. 361 

 362 
Fig. 4. Operating QL-TMP relation under which KO is maximized for the evaluated DM. Dotted line represents a linear 363 

fit. 364 
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3.3. Quality and quantity of the recovered gas 365 

Fig. 5 shows the recovered permeate gas flow rate (QG) and the methane fraction in the 366 

recovered gas for the different operational condition tested. As can be seen in Fig. 5, the 367 

increase in TMP raises QG. As above explained, this effect seems due to an enhancement 368 

in membrane permeability as well as a reduction in the partial pressure of the gas phase, 369 

enabling higher gas fluxes. Moreover, QG increased with QL until reaching a maximum 370 

for which QG remained constant. In this case, the growth of QG was related to the 371 

reduction in the resistance to the methane flux (reflected by the growth in the overall mass 372 

transfer coefficient) consequence of the increase in QL. Thus, when KO reached the 373 

maximum value, QG was not significantly affected by QL.  374 

Similarly, the methane content in the permeate gas was also strongly affected by the 375 

operational TMP and QL, achieving higher methane fractions in the gas when the KO 376 

reached a maximum value. Furthermore, the maximum methane content in the recovered 377 

gas was achieved at the lowest TMP tested, decreasing as TMP was raised (see Fig. 5). 378 

This effect is due to the higher PDMS permeability of other gases dissolved in the 379 

anaerobic effluent, such as CO2, H2S and NH3 [45,51], increasing therefore the recovery 380 

of these gases when the driving force is increased. However, as different author showed 381 

[52,53], methane permeability/selectivity on PDMS is affected by the 382 

presence/concentration of other gases in the treated stream. Thus, both QG and gas 383 

composition may be strongly influenced by the treated effluent composition. 384 

Otherwise, it is important to consider that the methane content in the mixture of produced 385 

biogas and recovered dissolved methane should be higher than 35%, which represents the 386 

minimum threshold limit for valorization in commercial microturbines [54]. Table 4 387 

shows the methane fraction in the gas recovered from dissolved methane capture by 388 
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different technologies. As this table shows, stripping methane processes and biological 389 

systems generally results in low methane contents in captured gases due to high air 390 

injection requirements thereby not permitting direct energy conversion from recovered 391 

dissolved methane. On the other hand, permeable PDMS DMs seem to be able to achieve 392 

methane fractions in captured gas similar to the ones reported when using porous 393 

membranes despite of their higher permeability of other gases. Indeed, in this study, the 394 

methane content in the gas recovered from dissolved methane capture was up to 42, 29, 395 

30 and 31% for a TMP of 0.2, 0.4, 0.6 and 0.8 bar, respectively. Thus, the mixing of this 396 

recovered gas and the biogas produced in the AnMBR could be directly valorized. 397 

  

  
Fig. 5. Recovered permeate gas flow rate (QG) and methane fraction in recovered gas as a function of QL for a TMP 398 
of: (a) 0.2, (b) 0.4, (c) 0.6 and (d) 0.8 bars. Dotted lines represent a third -order polynomial fit. Solid lines represent 399 

the maximum KO obtained from Fig. 3.  QG.  Methane fraction in recovered gas . 400 
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Table 4. Methane fractions achieved in the recovered gas by different dissolved methane capture 402 

technologies. 403 

Treatment system 
Methane fraction in 

captured gas (%) 
Reference 

Diffused aeration 4 - 0.5 [55] 

Free-fall jet tower 6 - 0.5 [55] 

Down-flow hanging sponge reactor (DHSR) None [19] 

Two-in-series DHSR 37 [20] 

Porous (multi-layered composite) DM operated 

at vacuum filtration 
22 - 20 [29] 

Porous (multi-layered composite) DM operated 

at vacuum filtration 
52 [30] 

Permeable (PDMS) DM operated at high sweep 

gas flow rates 
0.028* [56] 

Porous (PP) and permeable (PDMS) DMs 

operated at low liquid velocities and sweep gas 
53* [13] 

 *Calculated from a mass balance by the authors.  404 

3.4. Energy, environmental and economic feasibility of the system 405 

PDMS DM feasibility was assessed for three different targets: energy demand, 406 

environmental impact and economics of the system. Fig. 6 shows the obtained results 407 

from the analysis, were default values results are represented by columns. Error intervals 408 

represent the 10th and 90th percentiles of Monte Carlo results. Fig. 6a shows the recovered 409 

energy per volume of effluent treated versus QL for each TMP tested. It must be highlight 410 

the positive energy balance achieved under all the operating conditions tested in this 411 

study. Indeed, a net energy production from methane can be achieved by using PDMS 412 

DM technology for capturing the methane dissolved in the effluent from AnMBR. The 413 

maximum energy recovery was reached at the highest TMP and the lowest QL applied. 414 

From these results it can be concluded that, although operating at elevated TMP involve 415 
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higher energy demands, these can be overcome by the energy recovered from the captured 416 

methane, enhancing the energy balance of AnMBR technology. On the other hand, 417 

operating at reduced QL seems also to improve energy recovery by increasing MRE (see 418 

Fig. 2b). Similarly, as Fig. 6b shows, the lowest GHG emission was reached at the highest 419 

TMP and the lowest QL due to the improvement in the methane capture and energy 420 

recovery under these conditions. Therefore, it could be assumed that low QL might be 421 

applied in order to improve the energy and environmental feasibility of PDMS DM 422 

technology. 423 

 424 
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 426 

Fig. 6. Feasibility of PDMS DMs for methane capture from AnMBR effluents: (a) net energy demand, (b) GHG 427 
emissions, and (c) payback period. Missing columns are due to lack of experimental results. Error bars represent 428 

uncertainties at 10 and 90% of confidence calculated from Monte Carlo simulations.    TMP of 0.8 bars;   TMP of 429 
0.6 bars;   TMP of 0.4 bars;   TMP of 0.2 bars. 430 

However, operating a DM at low QL could be a non-viable solution since it would mean 431 

high membrane area requirements. Therefore, since increasing membrane area 432 

requirements results in increasing capital expenses (CAPEX), a compromise in the 433 

operational QL:A ratio must be reached. Hence, a payback study was carried out to 434 

determine the most favorable operational conditions focusing on an economic target. Fig. 435 

6c displays the results from the payback estimation conducted in this study. As this figure 436 

shows, DM technology is able to reach competitive payback periods, highlighting the 437 

potential scaling-up feasibility of this technology for methane capture from AnMBR 438 

effluents. Operating at low QL entails non-feasible performances due to the significant 439 

increase in CAPEX, while operating at high QL involves high operating expenses (OPEX) 440 

due to low MREs. An economic optimum can be observed in this study when operating 441 

at TMP values around 0.8 bars and QL levels of about 250 L h-1. These values resulted in 442 

a QL:A ratio around 100 L m-2 h-1 achieving a payback period of around 7.5 years. 443 

Table 5 shows the results obtained from the SRC analysis. As this table illustrates, high 444 
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detection of the most influent inputs on each balance. As expected, the sole influent input 446 

factor on energy balance was the energy conversion efficiency since the other inputs are 447 

not related to energy generation. Similarly, GHG was influenced by the GHG emissions 448 

from the energy mix and the energy conversion efficiency. Indeed, the impact of these 449 

two inputs on GHG output was similar in all performed assays (β value around 0.7). 450 

Finally, the payback period output was significantly influenced by the different 451 

considered inputs (i.e. the energy conversion efficiency, and the energy and membrane 452 

costs), being the energy cost the most influential factor. Consequently, uncertainties from 453 

energy and GHG emission calculations could be considered assumable, while 454 

uncertainties on payback estimations are significantly higher due to the strong influence 455 

of the different factors considered.456 
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Table 5. Determination of influential inputs according to SRC analysis. 457 

 

TMP (bar) 

0.2 0.4 0.6 0.8 

βi 

EBa GHGb PBc EBa GHGb PBc EBa GHGb PBc EBa GHGb PBc 

QL 

(L h-1) 

50 

R2 1.000 0.997 0.973 1.000 0.997 0.973 1.000 0.996 0.972 1.000 0.996 0.971 

ECEd -1.000 -0.704 -0.391 -1.000 -0.714 -0.395 -1.000 -0.730 -0.411 -1.000 -0.760 -0.443 

ECe 0.000 0.000 -0.786 0.000 0.000 -0.780 0.000 0.000 -0.773 0.000 0.000 -0.758 

MCf 0.000 0.000 0.448 0.000 0.000 0.444 0.000 0.001 0.441 0.000 0.001 0.432 

EMg 0.000 -0.698 0.001 0.000 -0.690 0.001 0.000 -0.673 0.000 0.000 -0.639 0.000 

100 

R2 1.000 0.997 0.973 1.000 0.997 0.973 1.000 0.997 0.972 1.000 0.996 0.972 

ECEd -1.000 -0.702 -0.390 -1.000 -0.711 -0.392 -1.000 -0.719 -0.400 -1.000 -0.741 -0.422 

ECe 0.000 0.000 -0.788 0.000 0.000 -0.781 0.000 0.000 -0.777 0.000 0.000 -0.768 

MCf 0.000 0.000 0.449 0.000 0.001 0.445 0.000 0.001 0.443 0.000 0.001 0.438 

EMg 0.000 -0.698 0.002 0.000 -0.693 0.000 0.000 -0.684 0.000 0.000 -0.661 0.000 

150 

R2 1.000 0.997 0.973 1.000 0.997 0.973 1.000 0.997 0.972 1.000 0.996 0.972 

ECEd -1.000 -0.704 -0.386 -1.000 -0.710 -0.391 -1.000 -0.717 -0.398 -1.000 -0.734 -0.415 

ECe 0.000 0.000 -0.783 0.000 0.000 -0.781 0.000 0.000 -0.778 0.000 0.000 -0.771 

MCf 0.000 0.000 0.446 0.000 0.000 0.445 0.000 0.001 0.444 0.000 0.001 0.440 

EMg 0.000 -0.700 -0.001 0.000 -0.694 0.000 0.000 -0.687 0.000 0.000 -0.668 0.000 

200 

R2 1.000 0.997 0.973 1.000 0.997 0.973 1.000 0.997 0.972 1.000 0.996 0.972 

ECEd -1.000 -0.705 -0.386 -1.000 -0.710 -0.391 -1.000 -0.718 -0.399 -1.000 -0.732 -0.413 

ECe 0.000 0.000 -0.783 0.000 0.000 -0.781 0.000 0.000 -0.778 0.000 0.000 -0.772 

MCf 0.000 0.001 0.446 0.000 0.000 0.445 0.000 0.001 0.444 0.000 0.001 0.440 

EMg 0.000 -0.700 0.000 0.000 -0.694 0.000 0.000 -0.686 0.000 0.000 -0.671 0.000 

250 

R2    1.000 0.997 0.973 1.000 0.997 0.972 1.000 0.996 0.972 

ECEd    -1.000 -0.712 -0.393 -1.000 -0.722 -0.402 -1.000 -0.733 -0.414 

ECe    0.000 0.000 -0.780 0.000 0.000 -0.776 0.000 0.000 -0.772 

MCf    0.000 0.000 0.445 0.000 0.001 0.443 0.000 0.001 0.440 

EMg    0.000 -0.693 0.000 0.000 -0.682 0.000 0.000 -0.670 0.000 
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300 

R2    1.000 0.997 0.972 1.000 0.996 0.972 1.000 0.996 0.972 

ECEd    -1.000 -0.719 -0.400 -1.000 -0.735 -0.416 -1.000 -0.737 -0.418 

ECe    0.000 0.000 -0.777 0.000 0.000 -0.771 0.000 0.000 -0.770 

MCf    0.000 0.001 0.443 0.000 0.001 0.439 0.000 0.001 0.440 

EMg    0.000 -0.685 0.000 0.000 -0.668 0.000 0.000 -0.666 0.000 

350 

R2       1.000 0.996 0.929 1.000 0.996 0.972 

ECEd       -1.000 -0.735 -0.775 -1.000 -0.747 -0.428 

ECe       0.000 0.000 -0.484 0.000 0.000 -0.765 

MCf       0.000 0.001 0.277 0.000 0.001 0.436 

EMg       0.000 -0.667 0.003 0.000 -0.655 0.000 

400 

R2       1.000 0.996 0.971 1.000 0.996 0.971 

ECEd       -1.000 -0.762 -0.445 -1.000 -0.779 -0.465 

ECe       0.000 0.000 -0.757 0.000 0.000 -0.748 

MCf       0.000 0.001 0.432 0.000 0.001 0.426 

 EMg       0.000 -0.637 0.000 0.000 -0.616 0.000 
aEB: Energy Balance. 458 
bGHG: GreenHouse gases emission. 459 
cPB: PayBack. 460 
dECE: Energy Conversion Efficiency. 461 
eEC: Energy Cost. 462 
fMC: Membrane Cost. 463 
gEM: GHG from Energy Mix. 464 



28 
 

The feasibility of coupling a PDMS DM together with an AnMBR (AnMBR+DM) for 465 

UWW treatment was also evaluated. Three different scenarios were considered to carry 466 

out this assessment: i) AnMBR+DMa, where DM is operated at economical optimum (0.8 467 

bar and 250 L h-1 of TMP and QL, respectively); ii) AnMBR+DMb, where DM is operated 468 

at energy recovery and GHG mitigation maximum capacity (0.8 bar and 50 L h-1 of TMP 469 

and QL, respectively); and iii) AnMBR+DMc, where DM is operated under a compromise 470 

between methane recovery and economic viability (0.8 bar and 150 L h-1 of TMP and QL, 471 

respectively). The obtained results were compared to typical values from other 472 

technologies for UWW treatment. As Table 6 shows, the AnMBR+DM combination 473 

would enable to reduce significantly the energy cost and carbon footprint of UWW 474 

treatment, achieving even net energy productions. In addition, feasible payback periods 475 

can be achieved when energy and environmental aspects are also considered in the DM 476 

operation (e.g. AnMBR+DMc scenario). Thus, AnMBR+DM can be regarded as an 477 

interesting alternative for low-strength wastewaters treatment. In fact, considering the 478 

AnMBR+DMc alternative as the more suitable scenario (i.e. combining energy, 479 

environmental and economic targets), energy demands and GHG emissions of -0.04 kWh 480 

and 0.113 kg of CO2-eq per m3 of treated water can be archived, respectively, resulting 481 

in payback periods of about 10.5 years. 482 

Table 6. Comparison of different technologies for UWW treatment. 483 

Treatment system 
Energy demands 

(kWh m-3) 

GHG emissions 

(kg CO2-eq m-3) 

DM payback 

period (years) 
Reference 

AnMBR + DMa - 0.027 0.165 26.0 This study 

AnMBR + DMb - 0.051 0.048 7.5 This study 

AnMBR + DMc - 0.038 0.114 10.5 This study 

AnMBR at 18 ºC  0.025 0.308 - [33] 

Conventional 

activated sludge  
0.30 - 0.60 0.093 - 0.186* - [1,57] 
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Extended aeration  0.34 - 0.82 0.105 - 0.254* - [58] 

Aerobic MBR 0.50 - 1.00 0.155 - 0.310* - [59,60]  

*Calculated from reported energy demands 484 
AnMBR+DMa: DM operated at economical optimum  485 
AnMBR+DMb: DM operated for maximum GHG mitigation and energy recovery  486 
AnMBR+DMc: DM operated under a compromise between methane recovery and economic viability 487 

4. CONCLUSIONS 488 

PDMS DM technology was used for capturing the methane dissolved in the effluent from 489 

an AnMBR prototype-plant. The main findings from the PDMS DM performance were: 490 

 Methane recovery was maximized at high TMP and low QL. Maximum methane 491 

recovery efficiencies of around 80% were achieved when operating at 0.8 bars 492 

and 50 L h-1.  493 

 An improvement on the KO was observed by increasing TMP. High operating QL 494 

can produce an unfavorable effect on methane recovery by a reduction on KO.  495 

 Both QG and methane fraction in recovered gas are strongly influenced by the 496 

operating QL and TMP. A maximum methane fraction of about 40% was achieved 497 

when operating at 0.2 bar and around 110 L h-1, coinciding with the maximum KO 498 

reached at this TMP.  499 

Moreover, the feasibility of the combination AnMBR+DM for UWW treatment was 500 

evaluated. The main findings from this combination were: 501 

 A TMP of 0.8 bar and QL of 150 L h-1 resulted in optimum performance in terms 502 

of energy recovery, GHG emissions and economic feasibility. 503 

 DM allowed enhancing the energy recovery while reducing the GHG emissions  504 

of the AnMBR prototype-plant. Indeed, the AnMBR+DM resulted in energy 505 
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demands and GHG emissions of -0.04 kWh and 0.113 kg of CO2-eq per m3 of 506 

treated water, respectively. 507 

 The economic evaluation proven the feasibility of DM for scaling-up AnMBR 508 

technology for UWW treatment. A payback period of around 10.5 years was 509 

estimated for the evaluated DM when a compromise between methane recovery 510 

and economic viability was established. A payback period of about 7.5 years can 511 

be achieved when operating the DM at economic optimum. 512 

 513 
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