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Abstract
The main objective of this study is to propose guidelines for designing submerged
anaerobic MBR (AnMBR) technology for municipal wastewater treatment. The
design methodology was devised on the basis of simulation and experimental results
from an AnMBR plant featuring industrial-scale hollow-fibre membranes. The
proposed methodology aims to minimise both capital expenditure and operating
expenses, and the key parameters considered were: hydraulic retention time, solids
retention time, mixed liquor suspended solids concentration in the membrane tank,
20 ºC-standardised critical flux, specific gas demand per square metre of membrane
area, and flow of sludge being recycled from the membrane tank to the anaerobic
reactor. An AnMBR WWTP operating at 15 and 30 ºC with both sulphate-rich (5.7
mg COD·mg-1 SO4-S) and low-sulphate (57 mg COD·mg-1 SO4-S) municipal
wastewater was designed. The minimum cost of the designed plant was €0.097 and
€0.070 per m3 when treating sulphate-rich and low-sulphate wastewater,
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respectively.
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1. Introduction
Anaerobic wastewater treatment has several advantages in comparison with
conventional aerobic treatment: i) lower sludge production because of the low yield of
anaerobic microorganisms; ii) lower energy consumption because no aeration is
required; and iii) potential resource recovery because energy (from biogas production)
and nutrients (NH4+ and PO43-) can be obtained from the anaerobic degradation process.
As a result, anaerobic processes are viewed as an attractive choice for sustainable lowstrength wastewater treatment (e.g. municipal wastewater). However, anaerobic
processes have certain drawbacks that currently prevent them from being used in the
full-scale treatment of low-strength wastewater.

As regards the anaerobic treatment of municipal wastewater, the low COD
(chemical oxygen demand) of municipal wastewater (typically less than 1 g·L-1) means
that little methane is produced. Therefore, an external energy source would be needed to
heat the reactor to mesophilic conditions [1]. At low temperatures, the growth rates of
anaerobic microorganisms are greatly reduced and long sludge retention times (SRT)
are necessary – not only to meet appropriate effluent and sludge standards and produce
considerable amounts of biogas, but also to prevent biomass washout [2]. Therefore, the
success of anaerobic treatment of municipal wastewater at low temperatures depends on
the ability to detach SRT from hydraulic retention time (HRT). In this respect,
submerged anaerobic membrane bioreactors (AnMBRs) are considered a feasible
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alternative for municipal wastewater treatment at low temperatures.

Jeison [3] reported reductions of up to 90% in the sludge produced when AnMBR
technology was used, therefore this technology is a promising alternative for the
anaerobic treatment of low-strength wastewater. In addition, depending on the operating
conditions, the produced sludge could be enough stabilised to be disposed of directly on
farmland with no further digestion step (no pathogens and low biological methane
production).

On the other hand, when municipal wastewater containing sulphate is anaerobically
treated, the sulphate is reduced to sulphide. The production of this end product can
cause technical problems such as: i) hydrogen sulphide is toxic to anaerobic
microorganisms; ii) the amount of biogas produced is reduced because some of the
influent COD (approx. 2 g COD per g SO4-S) is consumed by sulphate-reducing
microorganisms (SRB); iii) the quality of the produced biogas is reduced because some
of the hydrogen sulphide produced will end up in the biogas; iv) hydrogen sulphide can
cause corrosion in pipes, engines and boilers, entailing higher maintenance and
replacement costs; and v) downstream oxygen demand may be required for oxidising
hydrogen sulphide. For municipal wastewater, which can easily present low COD/SO4S ratios, the competition between Methanogenic Archaea (MA) and SRB can critically
affect the amount and quality of the biogas produced. According to the theoretical
methane yield under standard temperature and pressure conditions (350 L CH4 per kg
COD), SRB reduces the production of approx. 700 L of methane per kg of influent
SO4–S (considering reduction of all sulphate to sulphide). Therefore, higher biogas
productions would be achieved at low sulphate influent concentrations [4].
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As regards filtration, the high SRTs applied in AnMBR technology usually mean
high levels of mixed liquor suspended solids (MLSS) which contribute to membrane
fouling [5]. In order to minimise any kind of membrane fouling and thereby increase
membrane lifespan, the main operating challenge for AnMBRs is to optimise membrane
operation and configuration [6, 7, 8]. It is therefore necessary to optimise filtration
whilst minimising not only capital expenditure but also operating and maintenance
costs. Hence the AnMBR design strategy must be carefully selected since depending on
the design strategy, different design criteria can be adopted.

The main points of fouling control strategies as regards membrane operation are:
optimising the frequency and duration of the physical cleaning stages (back-flush and
relaxation) [9,10]; optimising different operating variables such as gas sparging
intensity or permeate/influent flow rate ratios; and operating membranes under the subcritical filtration conditions bounded by critical flux (JC) [11, 12]. Thus, one such design
strategy entails operating membranes in sub-critical filtration conditions. Operating
membranes sub-critically increases membrane lifespan, which reduces maintenance
costs, but it usually increases investment and/or operating expenses (i.e. it increases the
membrane area needs and/or the intensity of the gas sparging used for membrane
scouring). MLSS and gas sparging intensity (usually measured as specific gas demand
per membrane area, SGDm) have been widely identified as the factors that affect JC
most. As for MLSS, an optimum combination of reactor volume and filtration area must
be selected in order to keep MLSS at sub-critical levels for a given SGDm. In addition,
membrane scouring by air/biogas is a key process that allows minimising energy
consumption of MBR plants because it is the most energy-consuming process in fullscale MBRs (see, for instance, [12]). Therefore, one of the main challenges when
designing an AnMBR plant is to achieve acceptable membrane performances at
4

minimum levels of SGDm whilst minimising membrane fouling.

Another design criterion entails operating membranes in supra-critical filtration
conditions. This strategy means lower initial investment because it requires lower
operating volumes (i.e. operating at higher MLSS levels) and/or smaller membrane
surfaces than operating membranes at sub-critical filtration conditions. However,
maintenance and operating expenses are probably higher. For instance, for a given
SGDm, an increase in MLSS usually means greater membrane fouling, which in turn
increases membrane maintenance costs because the membranes are chemically cleaned
more often. In addition, increasing the frequency of membrane chemical cleaning
affects the membrane lifespan, which also increases membrane replacement costs.

Although AnMBR technology has not been yet applied to full-scale municipal
wastewater treatment, recent literature [13, 14, 15, 16, 17] has reported increasing
interest by the scientific community in the use of AnMBRs for municipal wastewater
treatment. However, a design methodology that holistically considers the key operating
factors that affect both biology and filtration is still necessary in order to lay the
foundations for the optimum design of full-scale AnMBRs for municipal wastewater
treatment. The aim of this paper is to provide guidelines for designing AnMBR
technology under different scenarios. To this aim, a design methodology was developed
based on the knowledge and operation experience gained from an AnMBR plant
featuring industrial-scale hollow-fibre membranes that was fed with sulphate-rich
wastewater from the pre-treatment of a municipal WWTP located in Valencia (Spain).
The proposed methodology aims to minimise total annual costs, which are defined as
the sum of capital and operating expenses (CAPEX/OPEX). OPEX take into account
energy requirements, methane production and capture, sludge handling and disposal,
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and membrane maintenance and replacement. In this respect, the key operating
parameters considered when designing the biological process were hydraulic retention
time (HRT) and solids retention time (SRT); and, when designing the filtration process,
the levels of mixed liquor suspended solids in the membrane tank (MLSSMT), the 20 ºCstandardised critical fluxes (J20), SGDm and the recycling sludge flow rate from the
membrane tank to the anaerobic reactor (Qrec).

The proposed methodology was used to design an AnMBR WWTP handling
municipal wastewater with high and low levels of sulphate (5.7 and 57 mg COD·mg-1
SO4-S, respectively) at 15 and 30 ºC.

2. Materials and methods
As mentioned earlier, the proposed design methodology is based on the knowledge
and the results obtained from the operation of an AnMBR plant fitted with industrialscale membranes that was operated using real sulphate-rich municipal wastewater. The
WWTP simulating software DESASS [18], which enables a wide range of wastewater
treatment schemes (including AnMBR systems) to be evaluated, was used to simulate
the AnMBR WWTP.

2.1. AnMBR plant description
The AnMBR plant consists of an anaerobic reactor with a total volume of 1.3 m3
connected to two membrane tanks, each with a total volume of 0.8 m3. Each membrane
tank features one ultrafiltration hollow-fibre membrane commercial system (PURON®,
Koch Membrane Systems, 0.05 µm pore size, and outside-in filtration). Each module
consists of 9 hollow-fibre bundles of 1.8-m length that give a total of 30 m2 membrane
surface. In order to scour the membranes, thus minimising cake layer formation, a
6

fraction of the produced biogas is continuously recycled to the membrane tanks through
the bottom of each fibre bundle.

As mentioned above, this plant was fed with sulphate-rich municipal wastewater
from the pre-treatment of the Carraixet WWTP (Valencia, Spain), which involves
screening, degritting and grease removal. Further details of this AnMBR can be found
in Giménez et al. [19] and Robles et al. [9].

2.2. AnMBR plant operation
The AnMBR plant was operated for more than 4 years under different operating
conditions [4, 9]. Regarding the biological process, the plant was operated at four
different SRT (20, 30, 40 and 70 days), with controlled HRT ranging from 5 to 30
hours, and organic load rates (OLR) ranging from 0.5 to 2 kg COD·m-3·d-1. The impact
of temperature on process performance was evaluated in the 14 – 33 ºC range. During
the operating period, the pH in the mixed liquor remained stable around 6.8 ± 0.2. As
regards filtration, the membranes were operated at J20 from 6 to 20 LMH and SGDm
from 0.1 to 0.5 m3·h-1·m-2. The MLSS ranged from 5 to 30 g·L-1.

The influent wastewater was characterised using 24-hour composite samples. The
following parameters were analysed daily: Total Suspended Solids (TSS), Volatile
Suspended Solids (VSS), Volatile Fatty Acids (VFA), carbonate alkalinity (Alk),
sulphate (SO4-S), ammonium (NH4-N), and orthophosphate (PO4-P). The following
parameters were determined once a week: total and soluble COD (T-COD and S-COD,
respectively); total and soluble biological oxygen demand (T-BOD20 and S-BOD20,
respectively); and total nitrogen (TN) and total phosphorous (TP). Solids, COD,
sulphate, and nutrients were determined according to Standard Methods [20]. Alk and
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VFA were determined by titration using the method proposed by WRC [21].

2.3. AnMBR WWTP simulation
Figure 1 shows a flow diagram of the AnMBR WWTP designed to remove organic
matter, which is based on the AnMBR plant mentioned earlier. The proposed AnMBR
WWTP also includes a sludge dewatering system for conditioning the resulting sludge;
a degassing membrane for capturing the dissolved methane in the effluent, and a
combined heat and power (CHP) system enabling energy to be recovered from methane.
This plant was simulated using a new version of DESASS [18] which features a
modified version of the mathematical model BNRM2 [22] including the competition
between both acetogenic and methanogenic microorganisms and sulphate-reducing
microorganisms [23]. This mathematical model was validated beforehand using
experimental data obtained from the AnMBR plant [23].

The proposed AnMBR was designed to handle an influent flow of 50,000 m3·d-1
with the characteristics shown in Table A.1. Two different simulation scenarios were
evaluated: the treatment of (1) sulphate-rich municipal wastewater (5.7 mg COD·mg-1
SO4-S) and (2) low-sulphate municipal wastewater (57 mg COD·mg-1 SO4-S).

3. Design methodology
In the proposed methodology, HRT, SRT and MLSSMT are the key operating
parameters when designing the biological process in AnMBR technology, and J20,
SGDm and MLSSMT are the key operating parameters when designing the filtration
process in AnMBR technology.

The design methodology proposed in this study (summarised in Figure A.1) aims to
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minimise total annual costs (CAPEX plus OPEX), and consists of two main stages. The
first stage involves optimising two parameters related to the anaerobic reactor, i.e.
anaerobic reactor volume (V) and sludge recycling flow rate from the membrane tank to
the anaerobic reactor (i.e. Qrec). At a given operating temperature and influent flow and
load, the AnMBR system is simulated under different SRT and MLSSMT (for Qrec =
influent flow). The SRT values used in the simulations must be above the minimum
SRT needed to meet effluent standards and sludge stabilisation criteria. These
simulation results are used to determine the optimum combination of anaerobic reactor
volume and sludge recycling flow rate (see 3.1) for each SRT and MLSSMT. The
optimum combination (V(opt), Qrec (opt)) is the one that gives the lowest anaerobic
reactor cost, including the following cost items: construction of the anaerobic reactor
including pumps and pipes, and the energy required for reactor stirring and sludge
pumping. The cost of the biological process is then calculated for each SRT and
MLSSMT, also taking into account the costs of sludge handling and disposal, and the
savings made by recovering energy from methane capture.

The second stage involves optimising J20 at the different MLSSMT levels evaluated
in the simulations of stage 1. Before applying this methodology, the 20 ºC-standardised
critical flux (JC20) must be experimentally determined at different MLSSMT and SGDm.
The SGDm considered in this study was selected on the basis of previous experimental
results (data not shown), and JC20 was calculated for the different MLSSMT. The
following variables are then calculated for different values of J20 above and below JC20:
membrane tank volume, membrane filtration area (Am), flow rate of biogas recycled into
membrane tank (QG), transmembrane pressure (TMP), membrane permeability (K) and
the amount of chemical reagents required for chemical membrane cleaning
recommended by the membrane manufacturer. These values are then used to calculate
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the filtration cost, taking into account the following cost items: membrane area,
membrane tank, biogas sparging, blowers and pipes, permeate pumping, chemical
reagent, and membrane replacement. Then, for each level of MLSSMT the optimum
operating J20 (J20(opt)) is selected, which is the one that gives the lowest filtration cost.

Finally, the optimum design values (SRT, HRT, Qrec, MLSSMT, J20 and Am), i.e.
those giving the lowest total cost, in worst-case seasonal conditions (i.e. winter) are
selected, and then the optimum operating strategy for the best-case scenario (i.e.
summer) is established.

3.1. Biological process design
Table 1a shows how the selected design criteria (SRT, Qrec, MLSSMT) affects the
above-mentioned factors that contribute to the cost of the biological process. As Table
1a shows, higher SRTs increase construction and stirring costs but also increase biogas
production, resulting in more energy being recovered from methane capture. Increases
in Qrec reduce the reactor volume for a given MLSSMT, but increase the sludge pumping
cost. Therefore, the optimum AnMBR design must include the optimum combination of
SRT and Qrec. Finally, the higher the MLSSMT, the lower the reactor volume and stirring
costs. However, an increase in MLSSMT leads to higher filtration costs. Since the costs of
the biological and filtration processes depend on MLSS levels, the design and operation
of both the anaerobic reactor and the membrane tank must be simultaneously optimised
for different MLSSMT. The range of 5 to 25 g·L-1 used in this paper was adopted on the
basis of experimental data from the AnMBR plant.

The performance of the anaerobic reactor at each MLSSMT must be simulated at
different SRT and Qrec. SRT values should be above the minimum SRT stipulated in
10

effluent standards and sludge stabilisation criteria.

At a given SRT and MLSSMT, the higher the sludge recycling flow rate, the lower
the reactor volume. Our study found the following relationship between the anaerobic
reactor volume and the sludge recycling flow rate (see Equation 1):

V
b
c
d
a


2
3
V'
Rrec Rrec
Rrec

Equation 1

where V is the reactor volume, Rrec is the sludge recycling ratio defined as Qrec per
influent flow, V’ is the reference reactor volume obtained for Rrec = 1, and a, b, c and d
are fine-tuning parameters (in this study, 0.5039, 0.5003, 4.2453·10-3 and 3.2861·10-5,
respectively, obtained from the simulation results shown in Figure 2).

The correlation shown in Equation 1 significantly reduces the number of
simulations required to obtain optimum design values. In this respect, the performance
of the biological process at each selected MLSSMT is simulated at different SRTs for Qrec
= influent flow (Rrec = 1), which gives the defined reference reactor volume V’.
Different Rrec are then selected for each MLSSMT and SRT, and the respective anaerobic
reactor volumes (V) are calculated using Equation 1 (with the V’ previously determined
and each of the Rrec selected). The optimum combination of Rrec and V is the one that
gives the lowest anaerobic reactor cost taking into account the following cost items:
anaerobic reactor construction including pumps and pipes, anaerobic reactor stirring
(including equipment and energy requirements) and sludge pumping.

The different simulations carried out during the biological process design give the
following information that is used to calculate the capital and operating expenses of the
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biological process: anaerobic reactor volume, sludge recycling flow rate, biogas
production, and flow rate and characteristics of the wasted sludge.

3.2. Filtration design
As mentioned earlier, the cost of the following items was taken into account when
calculating filtration costs: membrane area, membrane tank including blowers and
pipes, biogas sparging, permeate pumping (including equipment and energy
requirements), chemical reagent and membrane replacement. The main operating
parameters that affect filtration costs are J20, MLSSMT and SGDm. Table 1b shows the
effect of these operating parameters on the above-mentioned costs.

As Table 1b shows, the lower the MLSSMT, the lower the filtration cost. However,
as stated before, the higher the MLSSMT, the lower the cost of the biological process.
Therefore, the sum of the biological and filtration costs must be minimised by
optimising MLSSMT. To do so, the filtration cost was calculated for each MLSSMT at
different J20 values above and below the experimentally-determined critical flux (J20
varying from 80 to 120% of the respective JC20).

Filtration costs were calculated in each scenario using the following parameters:
membrane tank volume, membrane filtration area (Am, Equation 2), membrane
permeability (K, Equation 3), transmembrane pressure (TMP, Equation 4) and the
biogas recycling flow rate (Qgas, Equation 5):








Am








i,k







Qin


J 20 



i,k

Equation 2
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where [Am]i,k is the membrane filtration area for each MLSSMT (denoted by i) and
%J20,C (denoted by k), Qin is the influent flow rate, and [J20] i,k is the 20 ºC-standardised
transmembrane flux for each i and k.

K i   a  MLSS MT i

b

Equation 3

where [K] i is the membrane permeability in LMH·bar-1 for each level of mixed
liquor suspended solids in the membrane tank (denoted by [MLSSMT] i ), and a and b are
fine-tuning parameters obtained from previous studies [24].











TMP

i,k



J 20 i,k





K






Equation 4

i

where [TMP] i,k is the transmembrane pressure for each MLSSMT (denoted by i) and
%J20,C (denoted by k), [J20] i,k is the 20 ºC-standardised transmembrane flux of each i
and k, and [K] i is the membrane permeability of each i.

QG i, k  SGDm  Am i, k

Equation 5

where [QG] i,k is the biogas recycling flow rate for each MLSSMT (denoted by i) and
each %J20,C (denoted by k), SGDm is the specific gas demand per membrane area, and
[Am] i,k is the membrane filtration area for each i and k.

The results obtained from equations 2 to 5 were used to calculate the capital and
operating expenses of filtration process.

3.3. Total annual cost
The total annual cost (TAC) of the biological and filtration processes was calculated
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by adding the annual investment cost (IC) to the annual operating and maintenance
costs (O&MC), as shown in Equation 6 [25]:

TAC 

r (1  r) t
(1  r )t  1

 IC  O & MC

Equation 6

where TAC is the total annual cost, IC is the investment cost, O&MC are the annual
operating and maintenance costs, r is the annual discount rate, and t is the depreciation
period in years.

The IC of the proposed AnMBR WWTP includes construction work (anaerobic
reactor and membrane tank) and equipment (membranes, blowers, pumps and pipes).
The O&MC of the proposed AnMBR WWTP includes energy requirements, energy
recovery from methane capture, chemical reagents used to clean membranes, and sludge
handling and disposal. Maintenance expenditure refers to the pumps and blowers, and
membrane replacement.

4. Case study
The proposed methodology was used to design an AnMBR WWTP handling
sulphate-rich wastewater at 15 and 30 ºC. Firstly, the optimum design parameters were
determined for this AnMBR WWTP under the worst-case operating conditions (15 ºC),
and then the optimum operating strategy was calculated for the best-case operating
conditions (30 ºC).

Table A.2 shows the unit costs used to calculate the capital and operating expenses
(CAPEX/OPEX) of the proposed AnMBR WWTP. The main considerations taken into
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account when calculating CAPEX and OPEX are summarized as follows:

 Capital/investment cost (IC):
o

Depreciation: A depreciation period of 20 years was used to calculate the total
annual cost (TAC), with an annual discount rate (r) of 5%.

o

Membrane tank: The membrane tank volume was estimated according to a
commercial membrane unit (PURON®, Koch Membrane Systems, PURPSH1500, 0.05 µm pore size, 1500 m2 total filtering area).

o

Biogas, sludge and permeate pipeline: The velocity of the fluids in the pipes was
set to 1 m·s-1 to calculate the pipe diameter.

 Operating cost (OC):
o

Power requirements: The simulation software DESASS was used to calculate the
power requirements of the sludge and permeate pumps (associated with the
filtration and back-flushing phases), biogas blowers, anaerobic reactor stirrers and
sludge dewatering system as shown in Pretel et al. [26].

o

Energy recovery from methane (biogas methane and dissolved methane in the
effluent): The selected technology for capturing the dissolved methane in the
effluent was degassing membranes (see Table A.2). The chosen CHP technology
for energy recovery from methane consisted of microturbines. The power and heat
efficiency of this technology is approximately 27.0 and 33.5%, respectively [27].

o

Chemical reagents used to clean membranes: According to Judd and Judd [6] and
previous experiments (see, for instance, [28]), 9.5 months can be set as the
interval for membrane cleaning with chemicals when operating under critical
filtration conditions. Therefore, in this study, the membrane chemical cleaning
frequency ranged from 2 months (operating at J20 = 120% of JC20) to 18 months
15

(operating at J20 = 80% of JC20). Sodium hypochlorite and citric acid are the two
reagents required for cleaning the membranes chemically. In compliance with the
membrane cleaning protocol proposed by the membrane manufacturer, 2000 ppm
was adopted as the dose of both sodium hypochlorite and citric acid and the
contact with each chemical was set to 5 hours.
o

Membrane physical cleaning: The downtime for membrane physical cleaning
through back-flushing was set to 2.4% of the membrane operating time. This
downtime was established based on the experimental results obtained by a modelbased supervisory controller implemented in the AnMBR plant which optimised,
among others, back-flushing frequency [10].

o

Membrane replacement cost: As regards membrane lifespan, the cost of replacing
the membrane was contemplated in order to evaluate the entire lifecycle cost of
the system. The maximum total contact with chlorine permissible before
membrane replacement according to the supplier is 500,000 ppm-hours
cumulative. Therefore, the membrane lifetime (determining the membrane
replacement cost) was calculated accounting for: 1) the maximum total contact
with chlorine permissible and 2) the interval for membrane chemical cleaning.

o

Sludge treatment cost: Centrifuges were selected for sludge dewatering. To ensure
adequate sludge conditioning, polyelectrolyte is required and the dose considered
in our study was 6 kg·t-1 TSS [29]. The sludge produced was used as fertiliser on
farmland.

o

Equipment replacement and maintenance: The lifetime of blowers and pumps was
as per manufacturers’ recommendations (see Table A.2). Membrane lifetime was
estimated according to the total chlorine contact specified by the manufacturer
(see Table A.2).
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4.1. Simulation results.
Figure 3a shows the simulation results of the effect of SRT on the biodegradable
volatile suspended solids (BVSS) fraction of the sludge and on methane production, at
15 and 30ºC. This figure shows that the BVSS fraction falls and methane production
rises when either the temperature or SRT increases. As Figure 3a illustrates, an SRT of
more than 10 days would be necessary in order to comply with the sludge stabilisation
criteria (%BVSS<35%) at 30 ºC, whereas the minimum SRT required at 15 ºC would
increase up to 35 days.

However, at 15 ºC no methane production is envisaged on the basis of the model
with SRTs of less than 35 days. In sulphate-rich wastewaters, methanogenic and
sulphate-reducing organisms compete for the available substrates. In this respect, the
available substrates will be consumed first by sulphate-reducing organisms because
their growth rate is higher than methanogenic organisms.

Figure 3b shows the simulation results of the effect of SRTs on effluent COD and
BOD (excluding methane COD) at 15 and 30ºC. The upper and lower horizontal lines
mark the COD and BOD discharge limits, respectively, as specified by European
discharge quality standards. As can be seen in Figure 3b, the COD and BOD of the
effluent are both forecast to be well below said standards in the ranges of SRT and
temperature used in our simulations. These results indicate that the membrane retention
capacity will enable effluent of a good quality, i.e. containing acceptable levels of
organic matter, to be obtained across a wide range of SRTs and temperatures.

4.2 Optimum design in winter conditions
Figure 4a shows the total annual filtration cost (CAPEX and OPEX) per cubic
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meter of treated water with a gas sparging intensity of 0.1 m3·h-1·m-2, MLSSMT ranging
from 5 to 25 g·L-1 and J20 below and above the critical flux (J20 varying from 80 to
120% of JC20). On the basis of the results of our experiments, we set SGDm to 0.1 m3·h1

·m-2 in this study because this value gave adequate long-term membrane performance

within the range of operating conditions evaluated, whilst resulting in minimum
operating costs.

Figure 4a illustrates a similar tendency in the filtration costs at each MLSSMT
evaluated, with minimum costs occurring when the operating transmembrane flux was
around the critical flux (J20 = approx. 100 - 110% JC20). Operating at critical fluxes
above this value (approx. 115 – 120% JC20) significantly increases filtration costs. In
this respect, although operating at a high J20 reduces both the energy needed to scour the
membrane with biogas and the membrane area investment cost, operating at high J20
commonly means high membrane chemical cleaning frequencies. This causes a high
consumption of chemical reagents and a lower membrane lifetime, and hence higher
membrane maintenance costs.

Figure 4b illustrates the main items that are included in total filtration costs, i.e.
membrane area (approx. 55% of total filtration costs); membrane scouring by biogas
(approx. 28% of total filtration costs); chemical reagents for membrane cleaning
(approx. 14% of total filtration costs); and others which include the cost of: membrane
tank (including the land required), blowers, permeate pumps, pipeline system and
permeate pumping (approx. 3 % of total filtration costs). As Figure 4b shows, filtration
costs decrease as MLSSMT decreases. However, as mentioned earlier, the cost of the
biological process increases as MLSSMT decreases.
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Figure 5 shows how (a) SRT and (b) MLSSMT affect the total cost, the biological
process cost and the filtration process cost of the proposed AnMBR WWTP (€ per m3)
in two cases, i.e. (i) no methane capture, and (ii) energy recovered from methane
(biogas methane and methane dissolved in the effluent). As Figure 5a shows, biological
process costs are lowest when the SRT that enables the sludge stabilisation criterion to
be met is also lowest (see Figure 3a), a criterion defined in this study as when the BVSS
sludge content is 35%. It is important to note that an increase in SRT requires a higher
reactor volume in order to maintain a given level of MLSSMT. This increase in the
reactor volume affects not only investment costs but also the operating costs of the
biological process (i.e. stirring costs). As a result, the higher methane production
observed when SRT was increased (see Figure 3a) did not offset the higher total cost
caused by increasing the reactor volume. Hence, the optimum operating SRT in winter
was 35 days – which tallies with the minimum SRT mentioned earlier that enables
sludge stabilisation criteria to be met.

It is worth to point out that when treating sulphate-rich municipal wastewater at 15
ºC, until reaching an SRT of around 45 days the total cost of the system when capturing
methane was higher than the cost when methane was not captured (see Figure 5a).
These results are caused by the low methane productions achieved when operating at
SRTs below 45 days, which did not offset the cost of the technology considered for
recovering energy from methane (degassing membranes and CHP). Nevertheless,
recovering the dissolved methane from the effluent is necessary for making feasible the
implementation of AnMBR technology at full-scale, so as to minimise the greenhouse
potential impact resulting from discharging significant concentrations of methane (a
powerful greenhouse gas) with the effluent.
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As Figure 5b illustrates, filtration costs rise as MLSSMT increases. This result is due
to the increase in both investment costs (mainly related to the required membrane area)
and operating and maintenance costs (mainly related to membrane scouring by biogas
and chemical cleaning). Therefore, as mentioned earlier, minimising filtration costs
means decreasing MLSSMT. Nevertheless, as Figure 5b shows, decreasing MLSSMT
causes the cost of the biological process to climb, i.e. decreasing MLSSMT (at a given J20
and Rrec) means reducing the MLSS concentration entering the membrane tank, which
therefore requires larger reactor volumes.

Figure 5b shows the optimum MLSSMT level giving the lowest AnMBR WWTP
costs taking into account (i) no methane capture and (ii) energy recovered from methane
(biogas methane and methane dissolved in the effluent). As this figure shows, also
illustrated in Figure 5a, negligible energy is recovered from methane when sulphate-rich
municipal wastewater is treated at low temperatures and SRTs below 45 days (mainly
due to low hydrolysis rates), which did not offset the cost of the technology considered
for recovering energy from methane (degassing membranes and CHP). Nonetheless, the
optimum operating MLSSMT was 16 g·L-1 in both instances, i.e. J20 = 18 LMH, Rrec =
3.2, and HRT = 17 hours.

Table 2a summarises the optimum design values when treating sulphate-rich
municipal wastewater in winter conditions. Table A.3 illustrates the main performance
values experimentally obtained in the AnMBR plant in winter conditions versus the
corresponding simulation results at the optimum design values. As this table shows, the
experimental results are in accordance with the simulation results.

The resulting minimum AnMBR total costs were €0.104 and €0.106 per m3 of
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treated water taking into account (i) no methane capture and (ii) energy recovered from
methane (biogas methane and methane dissolved in the effluent), respectively. The net
energy consumption in winter conditions was 0.23 and 0.20 kWh per m3, respectively.

4.3. Optimum operating strategy in summer conditions
Once the AnMBR WWTP had been designed for winter conditions (worst-case
scenario), it was possible to determine the optimum operating strategy for summer
conditions (best-case scenario). Figure 6 shows the effect of (a) SRT and (b) Rrec on the
operating and maintenance costs in summer conditions taking into account (i) no
methane capture and (ii) energy recovered from methane. As Figure 6a illustrates, the
operating and maintenance costs are considerably lower when the methane is captured
for energy recovery. Indeed, the average methane production when treating sulphaterich municipal wastewater in summer conditions (operating at 30 ºC) was enough to
offset the cost of the technology considered for recovering energy from methane
(degassing membranes and CHP). In addition, increasing the SRT in summer conditions
increases the amount of methane produced considerably (see Figure 3a), resulting in
lower operating costs. However, increasing the SRT for a given Rrec also increases the
MLSSMT, resulting in higher filtration operating and maintenance costs. Therefore, in
summer conditions, the SRTs must be optimised in order to minimise operating and
maintenance costs in AnMBR technology. In this study, the optimum SRT in summer
conditions resulted in 27 days when methane was captured from both biogas and
permeate.

However, since the volume of the anaerobic reactor depends on the winter design
and the SRT is optimised in order to maximise methane production, it is only possible to
optimise the MLSSMT in summer conditions by modifying Rrec. As Figure 6b illustrates,
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operating and maintenance costs can be minimised by optimising Rrec, which indirectly
optimises MLSSMT. Specifically, a decrease in Rrec causes MLSSMT to increase, leading
to higher operating and maintenance costs related mainly to membrane scouring by
biogas, chemical cleaning and membrane replacement. On the other hand, an increase in
Rrec causes MLSSMT to fall but increases the cost of pumping sludge. Finally, the
optimum summer Rrec was 1.8 which resulted in an MLSSMT of approx. 12 g·L-1, i.e. an
optimum operating J20 of 21 LMH.

Table 2a shows the optimal values for the operating parameters evaluated in this
study when treating sulphate-rich municipal wastewater in summer conditions. Table
A.3 also illustrates the main performance values experimentally obtained in the AnMBR
plant in summer conditions versus the corresponding simulation results at the optimum
design values. Also for this scenario, the experimental results are in accordance with the
simulation results.

The resulting optimum operating and maintenance costs were €0.099 and €0.089
per m3 of treated water when (i) no energy was recovered from methane and (ii) energy
was recovered from methane. The net energy consumption in summer conditions was
0.21 and 0.08 kWh per m3, respectively.

4.4. Effect of sulphate levels in influent on AnMBR total cost
Following the methodology proposed in this paper, Table 2b summarises the
optimum design and operating values when treating low-sulphate municipal wastewater
in winter and summer conditions, respectively.

Table 3 gives the total annual cost of the proposed AnMBR WWTP and its energy
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requirements when treating sulphate-rich and low-sulphate municipal wastewater. Table
3 shows that the total cost of an AnMBR WWTP is significantly lower when treating
low-sulphate rather than sulphate-rich municipal wastewater (cost savings of up to 28%
were estimated in this study). This demonstrates that, thanks to its very low costs,
AnMBR technology is more feasible for treating low/non sulphate-loaded wastewaters.

It must also be said that AnMBR technology has the potential to be a net energy
producer when treating low-sulphate municipal wastewater. Table 3 shows that when
methane is captured from both biogas and effluent, it is possible to obtain surplus
energy that can be utilised and/or sold, giving a maximum theoretical energy production
of 0.07 kWh per m3.

In comparison with other existing technologies for municipal wastewater treatment,
for instance, Judd and Judd [6] reported that the full-scale aerobic MBR from Peoria
(USA) has a membrane and total aeration energy demand of around 0.34 and 0.55 kWh
per m3. This energy demand is low compared to the consumption of other full-scale
municipal aerobic MBRs. With regard to conventional activated sludge systems, Schilde
(Belgium) WWTP consumed 0.19 kWh per m3 [30]. Therefore, from an energy
perspective, AnMBR is a promising sustainable system compared to other existing
municipal wastewater treatment technologies. However, it is important to consider that
the energy demand from the AnMBR system evaluated in this study does not take into
account the energy needed for nutrient removal, which is considered in the wastewater
treatment plants that has been mentioned as references.

5. Conclusions
The proposed methodology was used to design an AnMBR WWTP treating sulphate23

rich and low-sulphate municipal wastewater at 15 and 30 ºC. The total annual cost of the
proposed AnMBR WWTP when treating sulphate-rich municipal wastewater was €0.101
and €0.097 per m3 of treated water when (i) no energy was recovered from methane and
(ii) energy was recovered from methane (biogas methane and methane dissolved in the
effluent), respectively. The total cost when treating low-sulphate municipal wastewater
resulted in €0.097 and €0.070 per m3 of treated water for the two aforementioned
scenarios, respectively. These results demonstrate that AnMBR is a feasible technology
for treating low/non sulphate-loaded wastewater.
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Table and figure captions
Table 1. Impact of design parameters on cost of (a) biological process and (b) filtration.
Table 2. Optimum design values using the operating variables evaluated in this case study when treating
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(a) sulphate-rich municipal wastewater and (b) low-sulphate municipal wastewater. * J20 values based on
the experimentally-determined critical flux in the AnMBR plant [24].
Table 3. Optimum cost and energy requirements of the proposed AnMBR WWTP when treating
sulphate-rich and low-sulphate municipal wastewater.

Figure 1. Process flow diagram for the proposed AnMBR WWTP (CIP: clean-in-place; HE: heat
exchanger; CHP: combined heat and power).
Figure 2. Correlation between the sludge recycling ratio (Rrec = sludge recycling flow from the membrane
tank to the anaerobic reactor per influent flow) and the ratio between the reactor volume (V) and the
reference reactor volume obtained for Rrec = 1 (V’).
Figure 3. Simulation results. Influence of SRT on: (a) methane present in biogas stream at 15 ºC (
and 30 ºC (

), and percentage of BVSS in the mixed liquor at 15 ºC (

) and 30 ºC (

(b) effluent COD (not including methane dissolved in effluent) at 15 ºC (
effluent BOD (not including methane dissolved in effluent) at 15 ºC (

); and

) and 30 ºC (
) and 30 ºC (

)

), and
).

Figure 4. Optimum AnMBR design in winter conditions at different MLSSMT levels. (a) Effect of J20 on
filtration cost at MLSSMT of 5, 10, 15, 20 and 25 g·L-1. (b) Contribution to filtration cost by membrane
scouring using biogas; chemicals consumed; and membrane size at MLSSMT of 5, 10, 15, 20 and 25 g·L-1.
Figure 5. Optimum AnMBR design in winter conditions (T = 15 ºC). Effect on AnMBR cost of: (a) SRT;
and (b) MLSSMT. Cost of biological process (
recovery (

); cost of filtration (

); and total cost including energy recovery from methane (

); total cost without energy
).

Figure 6. Optimum AnMBR operating strategy in summer conditions (T = 30 ºC). Effect on AnMBR cost
of: (a) SRT; and (b) sludge recycling ratio (Rrec = sludge recycling flow from the membrane tank to the
anaerobic reactor / influent flow). Operating cost without energy recovery (
including energy recovery from methane (

); and operating cost

).

Appendix A: supplementary information
Table A.1. Characteristics of the wastewater entering the anaerobic reactor used for designing the
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proposed AnMBR WWTP (*sulphate-rich municipal wastewater; **low-sulphate municipal wastewater).
Table A.2. Unit costs used to evaluate capital and operating expenses (CAPEX/OPEX) in the proposed
AnMBR WWTP scheme.

Figure A.1. Proposed design methodology for AnMBR technology.

Table 1. Impact of design parameters on cost of (a) biological process and (b) filtration.

Cost of
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Construction

SRT ↑
Qrec ↑
MLSSMT ↑

↑
↓
↓

Stirring
sludge

Sludge
recycling

↑
↓
↓

Sludge
handling

Energy
recovery

↓

↑

↑
(a)

Cost of
Membrane area
+ membrane
tank
MLSSMT ↑
J20 ↑
SGDm ↑

↓

Biogas recycling
↑
↓
↑

Permeate pumping
↑
↑

Chemical reagent
↑
↑
↓

(b)
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Table 2. Optimum design values using the operating variables evaluated in this case study when treating
(a) sulphate-rich municipal wastewater and (b) low-sulphate municipal wastewater. * J20 values based on
the experimentally-determined critical flux in the AnMBR plant [24].
Winter (T = 15 ºC)

Summer (T = 30 ºC)

SRT (days)

35

27

HRT (hours)

17

17

Rrec

3.2

1.8

J20 (LMH) *

18

21

MLSSMT (g·L-1)

16

12

TMP (bar)

0.1

0.1

SGDm (m3·h-1·m-2)

0.1

0.1

(a)
Winter (T = 15 ºC)

Summer (T = 30ºC)

SRT (days)

41

23

HRT (hours)

17

17

Rrec

3.2

1.2

J20 (LMH) *

18

21

MLSSMT (g·L-1)

15

12

TMP (bar)

0.1

0.1

SGDm (m3·h-1·m-2)

0.1

0.1

(b)
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Table 3. Optimum cost and energy requirements of the proposed AnMBR WWTP when treating
sulphate-rich and low-sulphate municipal wastewater.

No methane capture
Energy recovered from methane
(biogas methane and methane
dissolved in the effluent)

Total AnMBR cost
(€ per m3)
Sulphate-rich
Low-sulphate
municipal
municipal
wastewater
wastewater
0.101
0.097
0.097

0.070

AnMBR energy requirements
(kWh per m3)
Sulphate-rich
Low-sulphate
municipal
municipal
wastewater
wastewater
0.22
0.21
0.14

-0.07
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Figure 1. Process flow diagram for the proposed AnMBR WWTP (CIP: clean-in-place; HE: heat
exchanger; CHP: combined heat and power).
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Figure 2. Correlation between the sludge recycling ratio (Rrec = sludge recycling flow from the membrane
tank to the anaerobic reactor per influent flow) and the ratio between the reactor volume (V) and the
reference reactor volume obtained for Rrec = 1 (V’).
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(a)

(b)
Figure 3. Simulation results. Influence of SRT on: (a) methane present in biogas stream at 15 ºC (
and 30 ºC (

), and percentage of BVSS in the mixed liquor at 15 ºC (

) and 30 ºC (

(b) effluent COD (not including methane dissolved in effluent) at 15 ºC (

) and 30 ºC (

effluent BOD (not including methane dissolved in effluent) at 15 ºC (

) and 30 ºC (

)
); and

), and
).
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(a)

(b)
Figure 4. Optimum AnMBR design in winter conditions at different MLSSMT levels. (a) Effect of J20 on
filtration cost at MLSSMT of 5, 10, 15, 20 and 25 g·L-1. (b) Contribution to filtration cost by membrane
scouring using biogas; chemicals consumed; and membrane size at MLSSMT of 5, 10, 15, 20 and 25 g·L-1.
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(a)

(b)
Figure 5. Optimum AnMBR design in winter conditions (T = 15 ºC). Effect on AnMBR cost of: (a) SRT;
and (b) MLSSMT. Cost of biological process (
recovery (

); cost of filtration (

); total cost without energy

); and total cost including energy recovery from methane (

).
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(a)

(b)
Figure 6. Optimum AnMBR operating strategy in summer conditions (T = 30 ºC). Effect on AnMBR cost
of: (a) SRT; and (b) sludge recycling ratio (Rrec = sludge recycling flow from the membrane tank to the
anaerobic reactor / influent flow). Operating cost without energy recovery (
including energy recovery from methane (

); and operating cost

).
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Appendix A: supplementary information

Table A.1. Characteristics of the wastewater entering the anaerobic reactor used for designing the
proposed AnMBR WWTP (*sulphate-rich municipal wastewater; **low-sulphate municipal wastewater).
Parameter

Unit

Value

TSS

-1

mg TSS·L

315

VSS

mg VSS·L-1

254

T-COD
S-COD
T-BOD20

-1

568

-1

83

-1

363

-1

64

mg COD·L
mg COD·L
mg COD·L

S-BOD20

mg COD·L

VFA

mg COD·L-1

8

-1

*

100 /10**

SO4-S

mg S·L

TN

mg N·L-1

55

-1

33

NH4-N
TP

mg N·L
mg P·L-1

PO4-P

mg P·L-1

Alk
pH

10.3
4.1
-1

mg CaCO3·L

337
7.7
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Table A.2. Unit costs used to evaluate capital and operating expenses (CAPEX/OPEX) in the proposed
AnMBR WWTP scheme.
Unit costs of capital and operating expenses
Steel pipe (DN: 0.4 m)/(DN: 1.4 m), €·m-1
Concrete wall/slab, €·m-1
Ultrafiltration hollow-fibre membrane (500,000 ppm·h
cumulative), € per m2
Energy, € per kWh
Sodium hypochlorite, (NaOCl Cl active 5% PRS-CODEX),
€·L-1
Acid citric (Acid citric 1-hidrate PRS-CODEX), €·t-1
Polyelectrolyte, €·kg-1
Residual sludge for farming, €·t-1
Blower (ELEKTROR RD 84, QB= 5400 m3·h-1; Lifetime:
50000 hours), €
Sludge recycling pump (ARS200-34CI/35CR, QP= 500
m3·h-1; Lifetime: 65000 hours), €
Submersible stirrer (AGS 400-3SHG/6.1; Lifetime: 100000
hours; 3.4 kW; anaerobic reactor=5W·m-3;anoxic reactor=15
W·m-3), €
Rotofilter (PAM 630/2000; pitch diameter=0.5 mm; Q=320
m3·h-1; Lifetime: 87600 hours, 11.45 kW), €
Microturbine-based CHP system (size: 30 kW), capital cost,
€/kW and O&M cost, €/kWh (applying an exchange rate of:
0.729 €/$)
Degassing membrane, (flow rate=30 m3·h-1; pressure drop=
60 kPa), Capital cost, €
Land cost , €·m-2

115/520
350/130
35
0.138
11
23600
2.35
4.81
5900
25000

Reference
[31]
[31]
PURON®, Koch
Membrane Systems
[32]
Didaciencia S.A.
Didaciencia S.A.
[33]
[34]
Elektror S.A.
[35]
[35]

11699
7796

Procesos AutoMecanizados S.L
[27]

1968/0.015
7300
0.97

DIC Corporation
[36]
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Table A.3. Average performance values experimentally obtained in the AnMBR plant versus the
corresponding simulation results (data in brackets) obtained for the optimum design values in winter and
summer conditions.

3

-1

-3

Methane production (m ·d ·m )
Effluent COD (mg COD·L-1)
-1

Membrane tank COD (g COD·L )

Winter

Summer

0.001 (0.006)

0.025 (0.022)

58.1 (57.8)

51.9 (55.7)

7.6 (8.1)

8.7 (8.3)

41

Figure A.1. Proposed design methodology for AnMBR technology.
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